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Heat Transfer Correlations for Air-Water Two-Phase Flow of
Different Flow Patterns In a Horizontal Pipe

Dongwoo Kim *
School of Mechanical and Aerospace Engineering, Oklahoma State University, 74078, USA

Heat transfer coefficients were measured and new correlations were developed for two-phase
heat transfer in a horizontal pipe for different flow patterns. Flow patterns were observed in a
transparent circular pipe (2.54 ern 1. D. and L/D=96) using an air/water mixture. Visual
identification of the flow patterns was supplemented with photographic data, and the results
were plotted on the flow regime map proposed by Taitel and Dukler and agreed quite well with
each other. A two-phase heat transfer experimental setup was built for this study and a total of
150 two-phase heat transfer data with different flow patterns were obtained under a uniform
wall heat flux boundary condition. For these data, the superficial Reynolds number ranged from
640 to 35,500 for the liquid and from 540 to 21,200 for the gas. Our previously developed robust
two-phase heat transfer correlation for a vertical pipe with modified constants predicted the
horizontal pipe air-water heat transfer experimental data with good accuracy. Overall the
proposed correlations predicted the data with a mean deviation of 1.0% and an rms deviation
of 12%.

Key Words: Heat Transfer Correlation, Two-Phase Flow, Flow Patterns, Horizontal Pipe
Flow, Convective Heat Transfer

Nomenclature---------
A : Cross sectional area, m2 or fr
C : Constant value of the leading coefficient in

Eq. (4), dimensionless
c : Specific heat at constant pressure, kJ/

(kgK) or Btu/ (IbmOF)

D : Inside diameter of the tube, m or ft
F TV : Flow pattern transition parameter for

wavy flow to annular or intermittent flow
in Taitel and Dukler (1976) defined as

[
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( ) D Q ' dimensionless
PL-pc g cos

g : Gravitational acceleration, m/S2 or ft/S2

h : Heat transfer coefficient, W/ (m2K) or
Btu/ (hr fr°F)

k : Thermal conductivity, W/ (m K) or Btu/
(hr ft°F)
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KTD : Flow pattern transinon parameter for
stratified flow to wavy flow in Taitel and
Dukler (1976) defined as

[
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•
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• •
VL(PL - pd g cos Q ,dImenSIOnless

L : Length of the heated test section, m or ft
m : Constant exponent value on the quality

ratio term in Eq. (4), dimensionless
m : Mass flow rate, kg/s or lbm/hr
n : Constant exponent value on the void

fraction ratio term in Eq. (4),
dimensionless

Nu : Nusselt number, (=hD/k), dimensionless
Pr : Prandtl number (=cp/k), dimensionless
q : Constant exponent value on the viscosity

ratio term in Eq. (4), dimensionless
Re : Reynolds number (=pVD/PaL

dimensionless
ReL : Liquid in-situ Reynolds number (=4mL!

7r j 1- a pLD), dimensionless
V : Average velocity in the test section, m/s or

ft/s
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model. Kim et al. (1999b) have presented
descriptions of these concepts, and identified the
correlations that were developed based on each
concept. Their findings showed that there was no
single correlation capable of predicting turbulent
heat transfer with good predictive accuracy for all
fluid combinations and different flow patterns in
vertical pipes. In order to improve heat transfer
predictions in vertical turbulent two-phase flow,
regardless of fluid combination and flow pattern,
Kim et al. (2000) developed a new correlation
(Eq. 1). The improved correlation used a care
fully derived heat transfer model which takes into
account the appropriate contributions of both the
liquid and gas phases using the respective cross
sectional areas occupied by the two phases.

where hL comes from the Sieder and Tate (1936)
equation (Eq. 2) and the parametric ranges were

4000<ReSL < 1.26 X 105, 8.4 X 10-6< ( I':X ) <

0.77,0.01« l~a )<18.61,

1.18 X 10-3< ( ~~ )<0.14, 3.64 X 10-3< (~) <0.02

It should be noted that the exponent value on
the parameter [x/(I-x)] in Eq. (1) has a very
small magnitude (0.04) for the sets of
experimental data used in our previous study
(Kim et aI., 2000). However, even with a small
exponent, this term still appears to play an im
portant role, since complete elimination of the
parameter yielded substantial under predictions.
In calculation of the single-phase heat transfer
coefficient (hL ) required by the use of Sieder and
Tate (1936) correlation in Eq. (1), the following
relationship was used to evaluate the in-situ
Reynolds number (liquid phase) rather than the
superficial Reynolds number (ResL) as common
ly used in the correlations of the available litera
ture (see Kim et aI., 1999a):

NUL=0.027ReLo.8PrLo.33 (PB/ Pw)0.14 (2)

X : Martinelli parameter [ = ( 1~ x )0.9

( ~~ )o.S(~ )0.1J, dimensionless

x : Flow quality [=mG/(mG+mL)],
dimensionless

Greek Symbols
a : Void fraction [=AG/ (AG+A L) ],

dimensionless
.Q : Angle of inclination between the pipe axis

and the horizontal, degree
p : Dynamic viscosity, Pa-s or Ibm/ (hr ft)

JI : Kinematic viscosity, m2/ s or ft2/S

P : Density, kg/rn" or lbm/ft"

Subscripts
B : Bulk
CAL; Calculated
EXP Experimental
G : Gas
L : Liquid
MIX: Gas-liquid mixture
TP : Two-phase
SG : Superficial gas
SL : Superficial liquid

1. Introduction

In many industrial applications, such as the
flow of natural gas and oil in flowlines and
wellbores, the knowledge of non-boiling two
phase, two-component (liquid and permanent
gas) heat transfer is required. Numerous heat
transfer coefficient correlations and experimental
data for forced convective heat transfer during gas
liquid two-phase flow in vertical and horizontal
pipes have been published over the past 40 years
(Kim et al., 1999a). Of the two-phase heat
transfer correlations that have been published, the
majority were developed from limited
experimental data and are only applicable to
certain flow patterns and fluid combinations.

While most of these correlations were derived
empirically based upon a small set of
experimental data, others were based upon such
concepts as the liquid acceleration model, the
pressure drop model, and the separated flow

hTP
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( pVD) 4m
where ReL= --;;;- L JrJI-afJ.~

In the development of Eq. (I), the values of the
void fraction (a) were directly taken from the
original experimental data [Aggour (1978),
Vijay (1978), Rezkallah (1987)]. These a values
were calculated by the original investigators
based on the equation provided by Chisholm
(1973) and the suggested equation was

The suggested correlation (Eq. I) for a vertical
pipe predicted very well the heat transfer
coefficient for the 255 experimental data points
for water-air, silicone-air, water-helium, and
water- freon 12,having an overall mean deviation
of 2.54%, an rms deviation of 12.78%, and a
deviation range of 4.71% to 39.55% (Kim et al.,
2000) .

The main purpose of this study was to extend
our vertical pipe two-phase heat transfer studies
and develop heat transfer correlations which can
be applied to two-phase heat transfer data in a
horizontal pipe with different flow patterns. In
order to achieve this goal successfully, a two
phase heat transfer experimental setup was built
and additional horizontal flow pattern data were
obtained since very limited experimental data
(one set of slug flow data from King, 1952 and
one set of annular flow data from Pletcher, 1966)
are available from the open literature. Visual
identification of the flow patterns was
supplemented with photographic data, and the
results were plotted on the flow regime map
proposed by Taitel and Dukler (1976). The
results of comparing the observed flow patterns
and the calculated flow patterns on the Taitel and
Dukler map indicated that both agreed quite well
with each other.

A total of 150 two-phase heat transfer data
with different flow patterns were measured in a
horizontal pipe under a uniform wall heat flux
boundary condition. For these data, the superfi
cial Reynolds number ranged from 640 to 35,500
for the liquid and from 540 to 21,200 for the gas.
Since slug data in a horizontal pipe were avail-

able from the open literature, this study
emphasized more on slug flow heat transfer data.
Finally, our previously developed robust two
phase heat transfer correlation for a vertical pipe
(Kim et al., 2000) with modified constants was
used to predict the air-water heat transfer data in
a horizontal pipe.

2. Experimental Setup

A schematic diagram of the overall
experimental setup for heat transfer measurements
is shown as Fig. 1. The test section is a horizontal
seamless 316 schedule 40 stainless steel circular
pipe with an average inside diameter of 1.097
inches (2.79 em) and an average outside diameter
of 1.315 inches (3.34 em). The length of the test
section is 110 inches (2.79 m) providing a
maximum length to diameter ratio (LID) of 100.
In order to apply uniform wall heat flux
boundary condition to the test section, copper
plates were silver soldered to the inlet and exit of
the test section. The uniform wall heat flux
boundary condition was maintained by a Lincoln
SA-750 welder. The entire length of the test
section was surrounded with fiberglass pipe wrap
insulation, followed by a thin polymer vapor seal
to prevent moisture penetration.

In order to generate a desired flow pattern (by
controlling the flow rates of gas and liquid) such
as stratified, wavy, slug, bubbly, or annular flow
a two-phase gas and liquid mixer was
constructed. The mixer consisted of a perforated
copper tube (0.24 in O. D.) inserted into the
liquid stream by means of a tee and a compression
fitting (see Fig. 2) as suggested by Ewing et al.
(1999). The end of the copper tube was silver
soldered. Four 1/16 inch (1.6 mm) holes were
positioned at 90° intervals around the perimeter
of the tube and this pattern was repeated at eight
equally spaced axial locations along the length of
the copper tube as shown in Fig. 2. The two
phase flow leaving mixer entered the transparent
calming section.

The calming section served as a flow
developing and turbulence reduction device. The
calming section was a 1 inch (2.54 ern) 1. D, and
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Fig. 1 Schematic diagram of the experimental setup

Acry le Threaded
Lnion Connector

Copper ComP"'SSion
Fitti'll

/lJrInlet---.

Clear PolycartlanalB Pipe
(CalrTing Se<:1ion)

Q

7 in (17.78 em)

i
10 In (25.4 em)

15 in (38.1 em)

WaJ.er Inlet

Fig. 2 Schematic diagram of the gas-liquid mixer

1/ 8 inch (3.18 rnm ) thick clear polycarbonate

pipe which was 96 inches (2.44 m) in length (L/

D=88). The clear polycarbonate tube had high

impact strength, and features good resistance to

high temperatures and a high heat distortion tem

perature. Also, the clear section provided a good
visual observation of the flow, which aided in

recognizing the flow pattern. One end of the

calm ing section was connected to the test section

with an acryl ic flange and the other end of the

calm ing section was connected to the gas-liquid

mixer. The ent ire length of the calming section

together with the test section described earl ier was

leveled for reducing the inclination effect on hor

izontal two-phase heat transfer and pressure drop

measurements.

T- type thermocouple wires were cemented with
Omegabond 101, an epoxy adhesive with high

thermal conductivity and electrical resistivity, to

the outs ide wall of the sta inless steel test section.
The length of each thermocouple wire was 12

inches (30.48 em) plus 1.5 times the outside

. diameter of the tube. This length was long enough

to eliminate thermocouple error due to lead wire
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Fig. 3 Thermocouple and pressure tap locations along the test section

heat conduction in the temperature gradient field

(Yoo,1974).
OMEGA EXPP-T-20-TWSH extension wires

were used for relay to the data acquisition system.
Thermocouples were placed on the outer surface

of the tube wall at uniform intervals of 10 inches
(25.4 ern) from the entrance to the exit of the test

section (see Fig. 3). There are 10 stations in the

test section. All stations have four thermocouples,
and they are labeled looking at the tail of the fluid

flow with peripheral location number one being

at the top of the tube, two being 90 degrees in the
clockwise direction, three at the bottom of the

tube, and four being 90 degrees from the bottom

in the clockwise sense. All the thermocouples
were monitored with a Cole-Parmer MAC-14

datalogger with 96 channels. The thermocouple

readings were averaged over a user chosen length
of time (typically 60 seconds) before the heat

transfer measurements were actually recorded.
The average system stabilization time period was

from 30 to 60 minutes after the system attained

steady-state. The inlet liquid and gas
temperatures were measured by OMEGA TT-T

30 T- type thermocouple wires, and the exit bulk

temperature was measured by an OMEGA TJ36
CPSS- 14U-12 thermocouple probe inserted after

the mixing well. Calibration of thermocouples

and thermocouple probes showed that they were

accurate within ±0.5"C. The operating pressures
inside the experimental setup were monitored

with three dial type pressure gages (see Fig. 1)
To ensure a uniform fluid bulk temperature at

the exit of the test section, a mixing well was

utilized. An alternating polypropylene baffie type
static mixer for both gas and liquid phases was

used. This mixer provides overlapping baffied

passage forcing the fluid to encounter flow re
versal and swirling regions. The mixing well was

placed below the clear Polycarbonate observation
section (after the test section), and before the gas

liquid separator liquid storage tank (refer to Fig.

1). Since the cross-sectional flow passage of the

mixing is substantially smaller than the test sec
tion, it has the potential of increasing the system

back-pressure. Thus, in order to reduce the
potential back-pressure problem which might

affect the flow pattern inside of the test section,
the mixing well was placed below and after the

test section and the clear observation sections.

The outlet bulk temperature was measured imme
diately after the mixing well. An ITT Standard

model BCF 4036 one shell and two tube pass heat

exchanger was used to cool the test fluid to an
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allowable steady-state bulk temperature.

In order to measure the volumetric flow rate of

the gas supplied to the system flow line, a 0.25

inch (6.35 rnm ) NPT flowmeter was used. The

amount of gas supplied to the system could be

monitored through a 3-digit LCD display . The

output voltage generated from the flowmeter was

linear over the entire range and connected to an

A/D board. In order to calculate gas density and

the mass flow rate of the supplied gas, the gas

absolute pressure was measured.

The heat transfer measurements at uniform wall

heat flux boundary condition were carried out by
measuring the local outside wall temperatures at

10 stations along the axis of the tube and the inlet

and outlet bulk temperatures in addition to other

measurements such as the flow rates of gas and
liquid, room temperature, voltage drop across the

test sect ion , and current carried by the test section.

The per ipheral heat transfer coefficient (local

average) and the Nusselt number thereafter were

calculated based on the knowledge of the pipe

inside wall surface temperature and inside wall

heat flux obtained from a data reduction program

developed exclus ively for this type of experiments
(G hajar and Zurigat, 1991) . The local average

peripheral values for inside wall temperature, in

side wall heat flux, and heat transfer coefficient

were then obtained by averaging all of the appro

priate ind ividual local per ipheral values at each

axial location. The computer program used a
finite-difference formulation to determine the in

side wall temperature and the inside wall heat

flux from measurements of the outside wall tem

perature, the heat generation with in the pipe wall ,

and the thermophysical properties of the pipe
material (electrical resisti vity and thermal

conductivity) . In these calculations, axial

conduction was assumed negligible, but

peripheral and radial conduction of heat in the

tube wall were included. In addition, the bulk

fluid temperature was assumed to increase lin

early from the inlet to outlet.

The reliab ility of the flow circulation system

and of the experimental procedures was checked
by making several single- phase calibration runs

with distilled water. The single-phase heat

transfer experimental data were checked against

the well established single-phase heat transfer

correlations of Colburn (1933), Sieder and Tate

(1936) , Gnielinski (1976), and Ghajar and Tam

(1994) in the Reynolds number range from 3, 000

to 30,000. In most instances the experimental

results were well within ± 10% of the predicted

results .

The uncertainty analyses of the overall

experimental procedures using the method of

Kline and McCl intock ( 1953) showed that there

is a maximum of 9% uncertainty for heat transfer

coefficient calculations. Experiments under the

same conditions were conducted periodically to
ensure the repeatability of the results . The

maximum difference between the duplicated

experimental runs were within ± 10%. More de

ta ils of experimental setup and data reduction

procedures can be found from Kim (2000) .

3. Flow Patterns

Because of the multitude of flow patterns and

the various interpretations accorded to them by

different investigators, no uniform procedure

exists at present for describing and classifying

them. However, in recent years, some attempts

have been made to standardize the description

and terminology of the flow patterns (Breber et

al., 1980, Govier and Aziz, 1973, Griffith and
Wallis, 1961, Hewitt and Hall-Taylor, 1970, and

Taitel and Dukler, 1976). In this study, the flow

pattern identification for the experimental data

was based on the procedures suggested by Taitel
and Dukler ( 1976) , Breber et al. (1980), and

visual observation as appropriate .

All observations for the flow pattern

judgements were made at two locations, just

before the test section (about L/D=93 in the

calming section) and right after the test section.

Leaving the liquid flow rate fixed, flow patterns

were observed for various air flow rates. The

liquid flow rate was then adjusted and the process

was repeated. If the observed flow patterns

differed at the two locations of before and after

the test section, exper imental data was not taken

and the flow rates of gas and liquid were re-
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flow pattern. After the flow rate and/or the qual

ity was increased for the stratified flow pattern,

the interface became unstable, whereupon the
interface became wavy. For the wavy flow pat

tern , the velocity of the gas was sufficient to cause
waves to form but not enough to cause the waves

to reach the top of the pipe surface. In Fig. 4 (c),

those waves caused by the gas flow, under

conditions where the velocity of the gas was

sufficient for the rapid wave growth, reached the

top of the inside pipe surface. This type of flow

was categorized as a wavy/slug transitional flow
pattern.

In Fig . 4 (d) , as the liquid rate was increased,

the liquid level rose, and waves were formed so

that their crests spanned the entire width of the
pipe, effectively forming large slug-type bubbles.

The slugs of gas flowing along the tube, because

of their buoyancy, tended to skew toward the
upper portion of the pipe. In Fig . 4(e) , a wavy

type of liquid film at the bottom side of the pipe

together with the liquid annulus along the inside

pipe wall were observed. At high gas velocities
and moderate liquid flow rates, there was insuffi

cient liquid flow to maintain and form a liquid

bridge, and the liquid in the wave was swept up

around the tube to form a liquid annulus with
some entrainment. For such conditions, buoyancy

effects tended to thin the liquid film on the top

portion of the pipe wall and thicken it at the
bottom. This transitional type of flow pattern was

classified as that from the wavy to the annular
transition flow pattern.

In Fig. 4 (f), a liquid film annulus together with
a frothy type of bubbly slugs were observed.

Under these conditions, buoyancy effects still

tended to thin the liquid film on the top portion
of the pipe wall and thicken it at the bottom,

resulting in a slightly thicker liquid film at the

bottom side of the pipe wall than the liquid film

at the top. With relatively high gas and liquid
flow rates, a much thinner liquid annulus than

that of Fig . 4 (f) with a frothy type of bubbly
slugs was observed in Fig. 4 (g) . Under th is

condition , the gas flow was invariably turbulent.

and strong lateral Reynolds stresses and the shear
resulting from secondary flows might serve to

'" . , ·~tJt:,;-:::~:Q~~:·~)~~-+i~';;
:~...;r:'l",,;.-
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(g) Bubbly/Slug: rilL = 4021.3 [lbm/hr];

rno=74.0 [Ibmlhr]

Fig. 4 Photographs of representative flow patterns

; ;;~ :!?:.:.:::.:.::: : : : : : : : : : : ::: ::::: : : :::: : : : :: ::: ; :: : : : : : : : :.,, : : : : : : : : :: .....:'"
(b) Wavy: rilL = 185.7 [Ibmlbr]; rno = 18.8 [Ibmlhr]

(f) AnnularlBubbly/Slug: rilL= 231 1.9 [Ibmlhr);

rno = 74.0 [Ibmlhr]

adjusted for consistent flow pattern observations.

Representative photographs of the various flow
patterns that were observed are given in Fig. 4.

Figure 4 (a) illustrates the observed stratified flow

pattern in which liquid flowing in the bottom of

the pipe was separated from gas in the upper

portiorr of the pipe by a relatively smooth
interface. Figure 4 (b) shows the observed wavy
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tern. Similar procedures were applied to the other
observed flow pattern data. Based on the results
of these comparisons, all of the observed flow
pattern data agreed well with the flow pattern
map of Taitel and Dukler (1976).

Experimentally observed flow pattern data
were plotted using their corresponding values of
mass flow rates of air and water in Fig. 7. Shaded
lines in the diagonal direction show possible flow
pattern transitions. Under the conditions of small
amounts of air and water flow rates, stratified
flow patterns were observed. At moderate gas
flow rates with low liquid flow rates, wavy flow
patterns were observed. Also, with low liquid
flow rates together with relatively high air flow
rates, annular/wavy transitional flow patterns
were observed. Next, with moderate to relatively
high liquid flow rates together with low to
moderate air flow rates, slug flow patterns were
observed.

With relatively moderate mass flow rates of

(b)

Fig.6 Comparisons of the Taitel and Dukler (1976)
map with wavy flow pattern data

,aD 1000 '.oo100סס1

........_(SS)
0.1

O.ll1+--~-~-~-~--~----:-~----:-?
DAD' a.D1

distribute the liquid more evenly around the tube
perimeter against the tendency of gravity to
stratify the flow. This type of observed flow pat
tern was classified as a bubbly/slug transitional
flow pattern.

In order to build a solid flow pattern criteria,
measured experimental data having a variety of
different flow patterns judged by appropriate vis
ual observation along with the description of
Carey (1992) were plotted on the flow pattern
map of Taitel and Dukler (1976). In Fig. 5,
observed stratified flow pattern data points were
compared with their calculated positions on the
Taitel and Dukler map. All of the observed data
points (13 data points) were below the stratified
wavy (SW) curve. Thus, we can conclude from
this result that the observed flow pattern is
stratified flow pattern.

Figures 6 show the comparisons of the Taitel
and Dukler map with the observed wavy flow
pattern data. Figure 6 (a) shows that some of the
observed wavy flow pattern data were on the
stratified wavy (SW) curve. Thus, the comparison
of the observed flow pattern data and the KTD

curve did not provide enough information for
accurate flow pattern judgement. Figure 6 (b)
shows the calculated FTD values of the wavy to
annular and wavy to intermittent (plug or slug)
transitions for the observed wavy flow pattern
data. All of the observed data points (13 data
points) were below the FTD transition line.
Therefore, from this result, we can confirm that
the observed flow pattern is the wavy flow pat-

x

Fig. 5 Comparison of Taitel and Dukler (1976)
map with stratified flow pattern data
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Fig. 7 Observed flow pattern data versus the corre
sponding mass flow rates of air and water

both air and water, wavy /slug transitional flow
patterns were observed. With relatively high liq

uid flow rates mixed with high air flow rates .

either bubbly/slug or annular/bubbly/slug

transitional flow patterns were observed.
However, it was very difficult to clearly distin

guish the location of either bubbly/slug or

annular/bubbly/slug flow patterns on Fig . 7.
Table I shows the minimum and maximum

values of air and water mass flow rates according

to the different flow pattern classifications. These
minim'um and maximum values are based on the

rectangular shapes which were plotted on Fig. 7.

The rectangles were constructed by connecting
more than three data points at which the same

flow patterns were observed. With these re
ctangular shapes. a desired flow pattern can be

easily controlled by taking the amounts of air and

liquid inside the minimum and maximum straight
lines in the rectangle. In this way the ambiguity in

judging the right flow pattern can be avoided.

Table I also shows the number of experimental
data points that have been obtained for the two

phase heat transfer experiments . Those numbers

are based on the area occupied in F ig. 7. Due to
the large area and the shape of the slug flow

pattern regime on Fig. 7. two rectangles were
ploned on th is figure for slug flow and two

different minimum and maximum values of air

and liquid mass flow rates are suggested in T ab le

I . It should be mentioned that . due to the small
area of the wavy/ slug flow pattern and the di-

Minimum and maximum values of the air
and water mass flow rates according to the
different flow patterns and number of
experimental data points taken

4. Two-Phase Heat-Transfer Results

Figure 8 shows the variation of mean heat

transfer coefficient parametrically versus superfi

cial Reynolds numbers (Resc and Resd for all of
the air- water data obtained in this study. From

this figure. it can be seen that generally. as the gas

fficulty of clearly controlling the mass flow rates

of air and liquid based on the irregular shape of

the boundaries on Fig. 7, no number of data point
for the wavy/slug flow pattern was assigned in

Table I. The suggested limits for the mass flow
rates ' of air and water in the wavy /slug flow

pattern in Table I are somewhat arb itrary and the

mass flow rates of air and water should be care

fully adjusted in order to generate clear wavy/
slug transitional flow patterns. Also. due to the

difficulty of applying low wall heat flux « 350

amperes) . no heat transfer measurement in the
stratified flow pattern was obtained. Since. both
of the gas and liquid flow rates are relatively quite

small in this case. these may have a strong possi

bility of boiling due to the continuous increase of

the top surface temperature of the inside pipe
wall. This situation could cause damage to the

test sect ion . Thus, no heat transfer measurement

for the stratified flow pattern was assigned in
Table I.

Table 1

Number of
me mL Expected Flow

Data Po ints
[ Ibm/ hr] [I bm/hr] Pattern

T aken

Min . Max. Min. Max. All of the Flow 150

Patterns

0 12 0 147 Strat ified -
0 7 300 1300 Slug 25

0 20 1300 5460 Slug 30

20 32 0 310 Wavy 20

10 30 300 800 Wavy/Slug -
24 80 1080 4890 Bubbly/Slug or 35

Annular/Bubbly/Slug

43 80 0 925 Annular/Wavy 40

'00

s :...
11:...
w:w.,.,

,.
Ma.. Flow Ra1. 01Ga. [11>"""'1

. -' .. . . : ".. :

A8S:AInlI.~

AW:~."

n :_
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Fig. 8 Variation of mean heat transfer coefficient
with ReSL and ReSG for the air-water data
obtained in this study

superficial Reynolds number (ReSG) increases for
a fixed liquid superficial Reynolds number
(ReSL) , the heat transfer coefficient increases.
Some of the previous researchers also observed an
increase in two-phase heat transfer as the gas
Reynolds number increased for a fixed liquid
Reynolds number. Zaidi and Sims (1986) ob
served from the results of their two-phase heat
transfer measurements in a vertical pipe that hTP
generally increased as the air flow rate was
increased for each fixed liquid flow rate. Also, the
increase in hTP was more significant at low ReSL
than at high ReSL. They explained the increase in
hTP, as suggested by Kudirka et al. (1965). by the
turbulence level already present in the liquid
stream. At low liquid flow rates, the turbulence
level in the liquid stream is small before being
introduced into the gas stream. The introduction
of the gas phase into the liquid stream increases
the turbulence level which results in a high heat
transfer coefficient. However, at high ReSL, the
turbulence level is al.ready high and the effect of
the gas-phase on hTP is not that pronounced.

Kudirka et a1. (1965) observed the increase in
hTP caused by the addition of a gas phase into
liquid flow from their air-water and air-ethylene
glycol mixtures in a vertical pipe. They discussed
the reasons for those increases in terms of the
following possible mechanisms: liquid and
mixture velocity increase due to the addition of

the gas phase; increased turbulence and mixing
action in the main stream due to continuous
interaction of the two phases; and increased tur
bulence near the heated wall caused by gas
bubbles, resulting in disturbances and a decrease
in the effective thickness of the viscous boundary
sublayer by the fact that the eddies, present in the
wake of the rising bubbles, penetrate in the
viscous sublayer. Groothuis and Hendal (1959)

mentioned in comparing their own air-oil and air
water results that the influence of air on heat
transfer was most pronounced at the lowest
Reynolds numbers because air would be more
effective in promoting turbulence there.

Ravipudi and Godbold (1978) found from
their experimental data of air-water and air
toluene mixtures in a vertical pipe that the intro
duction of air into the liquid increased the heat
transfer coefficient substantially due to the reduc
tion of the effective thickness of the viscous
sublayer. They also found that hTP increased,
reached a maximum and then decreased. The
maximum in hTP was observed to be in the transi
tion zone between annular flow and mist flow.
They explained that the highly turbulent motion
of the gas-liquid mixture with increasing amounts
of air caused randomly distributed dry spots to
appear on the wall, thereby decreasing the heat
transfer rate. Also, they attributed the decrease in
hTP at high ReSG to the following. First, the outlet
liquid temperature decreased due to the mass
transfer from liquid to air. Next, hTP did not
increase in proportion to the increase in the tem
perature gradient. Finally, the measurement of
two-phase mixture temperature was difficult.

From Fig. 8, we can also observe that there
exists a maximum value of hTP as ReSG increases
for a fixed ReSL. For ReSL greater than about 30,
000, hTP reached a maximum, then hTP decreased
as more air was added into the test section.
Previously, Pletcher and McManus (1968) also
observed from air-water annular flow
experiments in a horizontal pipe that hTP passes
through a maximum for a given water flow rate
and then decreases as the air flow rate increases.
They explained this trend' as follows. As the air
flow rate increases, a countering mechanism com-
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Fig. 9 (a) Air-water two-phase
coefficient for the wavy
data points)

heat transfer
flow pattern (20

Fig. 9 (c) Air-water two-phase heat transfer
coefficient in slug flow pattern (53 data
points)

Fig. 9 (b) Air-water two-phase
coefficient for the
transitional flow pattern

heat transfer
wavy/annular

(41 data points)

Fig.9(d) Air-water two-phase heat transfer coeffi-cient
in bubbly/slug or annular/bubbly/slug
transitional flow pattern (36 data points)

es into play which tends to reduce the heat

transfer coefficients by depressing the final exit

equilibrium temperature. This occurs since, as the

ratio of air flow rate to water flow rate increases,

more and more evaporation is possible. At some

air flow rate, this latter mechanism begins to

dominate. They also suggested that the decrease

in hTP was due to liquid entrainment at the higher

air rates.

Figures 9 show the trend in hTP as a function of

the values of ReSG and ReSL for each different flow

pattern. For the wavy flow pattern, Fig. 9 (a), hTP
increases relatively linearly as ResG increases for a

fixed liquid ReSL. However, hTP is rather

independent of ReSL. The hTP magnitude increased

by more than 5 times as ReSG increased from 7,000

to 10,000. From these results, it can be concluded

that the influence of air on heat transfer is most

pronounced at the lowest ReSL because air would

be more effective in promoting turbulence there.

Similar observations were also made by

Groothuis and Hendal (1959), Kudirka et al.

(I965), and Zaidi and Sims (1986).

For the wavy to annular transitional flow pat

tern, Fig. 9 (b), a relative maximum in hTP exists

as ReSG increases for a fixed liquid ReSL. This

mechanism can be explained by the following

reasons, suggested by Ravipudi and Godbold

(1978) and Pletcher and McManus (1968): the

outlet liquid temperature decreased due to mass
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transfer from the liquid to the air; the
measurement of the two-phase mixture tempera
ture was difficult; or the liquid entrainment at the
relatively higher air rates reduced the exit mixture
bulk temperature. For the slug flow pattern [Fig.
9 (c) ] and the slug to bubbly or annular/bubbly/
slug transitional flow pattern [Fig. 9 (d) J, hTP

generally increases as either Resc or ReSL
increases. However, at high ReSL, the effect of gas
phase on hTP is not pronounced since the turbu
lence level of the liquid is already high.

Limited experimental data (one set of slug flow
data from King, 1952 and one set of annular flow
data from Pletcher, 1966) are available from the
open literature. Slug flow air-water heat transfer
experimental data in a horizontal pipe has been
obtained from the current study and King (1952).
(Due to the limited capacity of the current study's
experimental setup, no pure annular flow pattern
data could be achieved. ) It is desirable to see
how well the two slug flow experimental data sets
could be compared. However, direct comparison
with King (1952) experimental data was impos
sible due to the fact that Kings experimental range
of gas and liquid mass flow rates was much higher
than those of this study, and his experiments were
conducted under a uniform wall temperature
boundary condition (steam heated test section)
rather than a uniform wall heat flux boundary
condition. Therefore, the next best approach
would be to compare the results of predictions of
these two data sets by previously recommended
heat transfer correlations.

Figure 10 shows the comparison of the
predictions of Kim et al.'s (2000) vertical pipe
correlation (Eq. 1) with the 150 horizontal pipe
experimental data points from the current study
and the 21 slug flow data points from King's
(1952) horizontal pipe experiments. As shown in
this figure, the previously recommended robust
correlation (Eq. 1) for a vertical pipe regardless
of flow pattern and fluid combination predicted
the heat transfer coefficients quite well for the
bubbly-slug and bubbly-slug-annular transi
tional flow data, which can be obtained in both
vertical and horizontal pipes. All of those
predictions were within a ± 30 % deviation band.

'0000

Fig. 10 Comparison of Kim et al. (2000) vertical
pipe correlation with current horizontal pipe
experimental data (150 pts) and King's
(1952) horizontal pipe data (21 pts.)

However, the trend of predictions for the heat
transfer coefficients in wavy flow or wavy
annular transitional flow patterns were not cor
rectly predicted. Since complete separation be
tween phases of gas and liquid occurred in the
wavy flow and wavy-annular transitional flow
patterns with relatively small flow rates of air and
water, the heat transfer mechanism in a horizontal
pipe appears to be quite different from the heat
transfer mechanism in a vertical pipe, as can be
seen from the heat transfer predictions for wavy
flow and wavy-annular transitional flow patterns
in Fig. 10.

It is interesting to note that there are similariti
es in the distribution of King's predicted results
and the current study's slug flow data as shown
Fig. 10. Also, the predictions for both slug data
sets are close to the ±30% deviation band. Thus,
the experimental data in only slug flow and in
bubbly-slug transitional flow can be accurately
predicted by the previously recommended robust
correlation for a vertical pipe with minor
adjustment of its constants.

Figure 11 shows a comparison of the
predictions of the general form of the two-phase
heat transfer correlation (Eq. 13, Kim et al.,
2000) with modified constants for the 21 slug
experimental data points of King (1952) and 89
experimental data points of the current study.
Table 2 also shows the general form of the two
phase heat transfer correlation (Eq. 4) previ-
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Table 2 Summary of the values of the leadi ng coefficient (C) and exponents (m, n, p, q) in the recommended
heat transfer coe fficient correlat ion (hTP) , the results of prediction , and the parameter range of the
co rrelation

General Form of the Two-Phase Heat Transfer Co efficient Co rrelation:

Experimental Data Value of C and Exponents Mea n ms No . Range Range o f Param eter
( rn, n, p, q) Dev. Dev. o f o f Dev.

C m n p q Data

C ~J ( a )I( Pre ) C~: )( %) (%) within ( %) ReSL
I-a PrL

±20%

Slug an d

Bubbly/S lu g
-25. 17 2468 6.9 x 10-' 0.36 0.102 0.01 5

Bubbly/Slug/ Annular
2.86 0042 0.35 0.66 - 0.72 0.36 12.29 82 and and and and and and

89 data po ints
31.31 35503 0.03 3045 0.137 0.028

fro m Cu rent

Study

Slu g
-31.13 22500 7. 1X 10- ' 0.34 0.23 0.041

2 1 data po ints
12.79 20.78 10 an d and and and and and

fro m
King( 1952)

35.13 119000 0.1 1 7.55 0.25 0.044

Wavy-A nnu lar
-1 2.77 2163 0.05 3.10 0. 10 0.QI5

4 1 data po in ts
1.58 lAO 0.54 - 1.93 - 0.09 1.15 3.38 4 1 and and an d and and and

from Current

Study
19.26 4985 0. 13 4.55 0.11 0.0 18

Wavy
-19.79 636 0.08 4.87 0.102 0.0 16

20 data points
i 27.89 3. 10 -4.44 -9.65 1.56 3.60 16049 16 and and and and and an d

from Current :

Study
I 34042 1829 0.25 8.85 0. 107 0.021
t

A ll of Data
6.9 X 10-'

Points fo r Cur ren t See Above for the Values fo r
- 25.17 636 0.36 0. 102 0.0 15

Each Flow Pattern
1.0 1 12.08 139 and and and and and and

Study
34042 35503 0.25 8.85 0. 137 0.028

ISOdata po int s

,.... r,:=::::::==== ::::;------:;-;3/f

,....

Fig. 11 Comparison of recommended correlation for

slu g flow and bubbly-slug o r annular

bubbly-slug tr ans it ional flow with current

horizontal pipe experimental dat a (89 pts .)

and King's ( 1952) ho rizo nta l p ipe data (21

pts.)

ously recommended by Kim et a1. (2000) . In

order to predict those experimental data
accurately, the values of the leading coeffic ient

(C) and the exponents on the quality ratio term
(m) and the vo id frac tio n term (n) were modified

from the previously recommended values [Eq.
(1)] using the least-squares method. Since the

Prandtl number ratio term and the viscosity ratio

term are typically used to represent large varia
tion in physical properties and the influence of

the properties of different fluids , the original ver
tical flow exponents were ret ained (see Table 2) .

This new recommended correlation yielded a

mean deviation of 0.36%, an rms deviation of 12.
29%, and a deviation ran ge of - 25.17% to 31.31%.

Abo ut 92% of the slug flow or its tra nsitional flow

experimenta l da ta (82 data po ints ) were predi cted

with less tha n ±20% deviation. This new recom-
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Graphical prediction results in wavy-annular

transitional flow and wavy flow are also provided

in Fig . 12. From this figure, the improved

predictions by the new values in Table 2 may be

observed as compared with the previously recom
mended correlation for a vertical pipe (Eq. I)
shown in Fig . 10. As can be seen from this figure ,

the trends in hTP for wavy-annular transitional

flow and wavy flow are now correctly predicted

(in contrast to the results in Fig. 10). 100% of the
wavy-annular transition flow data (41 data

points) and 80% of the wavy flow data (16 data

points out of 20) were predicted within less

than ± 20%. Figure 13 shows the predictions

based on the recommended constants given in

T able 2 for all of the flow pattern data from the

current study. The overall deviation range of the

prediction is from 5% to 34%, the overall mean

Fig. 12 Comparison of recommended correlation
with wavy flow data (20 pts.) and wavy
annular transition flow data (4 1 pts.) from
current study

mended correlation also pred icted the slug flow

data from King (1952) with a mean deviation of

12.79%, an rms deviation of 20.78%, and a devia
tion range of -31.13% to 35.13%.

A similar procedure was used for our other
experimental data with wavy and wavy-annular

transitional flow patterns. T able 2 shows the

summary of the values of the leading coefficient
(C) and exponents (rn, n, p, q) in the recom

mended general form (Eq. 4) of the two-phase

heat transfer correlation, the prediction results for

each different flow pattern, and the range of each

parameter in the general form of the correlation.

F rom this table, the follow ing two important

observations were made.

First, since the ranges of ReSL for the wavy flow
or wavy-annular transitional now are lower than

the suggested ReSL range for the vert ical heat
transfer correlation, it was necessary for all of the

five constants, the leading coefficient (C) and

exponents (rn, n, p, q) including the Prandtl

number ratio term (p) and the viscosity ratio term

(q) , to be modified from the previously recom

mended values in order to predict hTP accurately.
From this result, it can be concluded that the

effects of the Prandtl number rat io term and the

viscosity ratio term on hTP in laminar flow of the

liquid (ReSL<4000) are more pronounced than

their effects on hTP in the turbulent flow regime.

However, since the above observation is based on
limited air-water experimental data in a horizon

tal pipe, this observation should be further veri

fied by comparing the results with additional

experimental data for several different fluid com

binations as they become available.

Second, since the range of the parameters for
the wavy flow pattern are considerably different

than those for the other flow patterns (see Table

2), this leads to the much larger values for the

constants recommended to be used in the heat

transfer correlation for this flow pattern. In par
ticular, the difference between the relative

magnitudes of the gas and liquid flow rate s in this

flow pattern (wavy) in comparison to other flow

patterns (see Table 2) is mostly responsible for

this large increase in the heat transfer correlation

constants.
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deviation is about 1%, and the overall r. m. s.

deviation is about 12%. 93% of all of the data

(139 data points out of ISO) from current study

were predicted within less than ±20%.

5. Summary and Conclusions

This study was undertaken to develop new two

phase heat transfer correlations which can be

applied to air-water two-phase heat transfer data

in a horizontal pipe for different flow patterns. In

order to achieve this goal successfully, a reliable

two-phase heat transfer experimental setup was

built, and additional experimental data for differ

ent flow patterns were obtained. Based on the

procedures of the flow pattern identification

suggested by Taitel and Dukler (1976) and visual

observation as appropriate, a new flow pattern

identification map was suggested. The results of

comparing the observed flow patterns and the

calculated flow patterns on the Taitel and Dukler

map indicated that both agreed quite well with

each other.

Based on the air-water two-phase heat transfer

results of this study, the trends of the mean heat

transfer coefficients (fiTP ) for wavy and slug flow

patterns and wavy/annular, slug/bubbly, and

annular/bubbly/slug transitional flow patterns

were presented in Figs. 8 and 9. Since the intro

duction of the gas phase into the liquid stream

increases the turbulence level and mixing action

in the main stream due to the continuous

interaction of the two phases, the heat transfer

coefficient generally increases as Resc increases

for a fixed ReSL. However, there exists a maximum

value of hTP as Resc increases for a fixed ReSL. For

the wavy to annular transitional flow pattern, a

relative maximum in hTP exists as Resc increases.

This mechanism can be explained based on the

following reasons. First, due to liquid

entrainment at the relatively higher air flow rates,

the exit mixture bulk temperature decreases. Sec

ond, due to mass transfer from the liquid to the

air, the outlet liquid temperature decreases.

In order to predict the new air-water heat

transfer experimental data in a horizontal pipe,

our previously recommended correlation [Eq.

(I)] for two-phase heat transfer in a vertical pipe

with modified constants predicted 150

experimental data with good accuracy (mean de

viation of 1% and an r. m. s. deviation of about

12%) as shown in Table 2 and Fig. 13. In our

future work, we plan to continue this study by

investigating the development of a correlation

which is robust enough to span all or most of the

fluid combinations, flow patterns, flow regimes

(laminar and turbulent), and pipe orientations

(vertical and horizontal). This may require

additional experimental data parameters which

are not in the currently available data sets. In

order to aid in this two-phase heat transfer

correlation development, we plan to obtain

additional horizontal flow pattern data for other

fluid combinations which are applicable to the

oil/gas industry.
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